draulic radius R,

Ngre = 2Rvgp/p, Reynolds number based on sphere radius

N’sn = 2kRy/Dap, Sherwood number based on hydraulic
radius Ry,

g = internal tortuosity factor

R = average particle radius, cm

Ry, = hydraulic radius, cm

v = linear interstitial velocity, cm/s

o = av, linear superficial velocity, cm/

« = bed void fraction :

B = internal porosity of the particle

80 = ﬁ( l—a ) yz

8 = (B?R%*/15) (1/D; + 5/kR) (1 — @)/«

Apy’, Apg = differences between moments at inlet and out-
let; s, s2

LITERATURE CITED

De Ligny, C. L., “Coupling between Diffusion and Convection

in Radial Dispersion of Matter by Fluid Flow through Packed
Beds,” Chem. Eng. Sci., 25, 1177 (1970).

Giddings, ]J. C., Dynamics of Chromatography, Marcel Dekker,
New York (1965).

Gunn, D. J., “Theory of Axial and Radial Dispersion in Packed
Beds,” Trans. Instn. Chem. Engrs., 47, T351 (1969).

., “Axial Dispersion in Packed Beds: The Effect of the
Quality of Packing,” ibid., 49, 109 (1971).

Kubin, M., “Beitrag zur Theorie der Chromatographia,” Coll.
Czech. Chem. Commun., 30, 1104, 2900 (1965).

Kucera, K., “Contribution to the Theory of Chromatography:
Linear Non-Equilibrium Elution Chromatography,” J. Chro-
matography, 19, 237 (1965).

Lang, D., “Mass Transport in Gel Chromatography,” M.S.
thesis, Dept. Food Sci. Tech., Univ. Calif., Davis (1970).

Leung, P. S, “Gel Permeation Chromatography: Desalting of
Whey,” M.S. thesis, Dept. Food Sci. Tech., Univ. Calif.,
Davis (1971).

Mehta, R. V., “Gel Chromatography: Analysis of Elution
Curves by Moment Methods,” M.S. thesis, Dept. Chem. Eng.,
Univ. Calif., Davis (1973).

Miyauchi, T., “Film Coefficient of Mass Transfer between Par-
ticles and Fluid in Sphere Packed Beds,” Univ. of Tokyo,
Japan, preprint (1972).

Schneider, P., and J. M. Smith, “Adsorption Rate Constants
from Chromatography,” AICKE J., 14, 762 (1968).

Suzuki, M., and J. M. Smith, “Kinetic Studies by Chromatog-
raphy,” Chem. Eng. Sci., 26, 221 (1971).

Wilhelm, R. H., “Progress Towards the A Priori Design of
Chemical Reactors,” Pure Appl. Chem., 5, 403 (1962).

Manuscript received February 27, 1973; revision received May 12 and
accepted May 15, 1973.

The Grid Region in a Fluidized Bed Reactor

The current models for gas fluidized bed reactors as
described by Kunii and Levenspiel (1969) do not dis-
tinguish between the region near the inlet grid and the
rest of the reactor. It is well known, however, that the
grid region plays a critical role in determining reactor
performance, particularly in large beds. Industrial pilot
plant experiments by Cooke et al. (1968) have shown
that with fast reactions most of the conversion can take
place in the first half-meter of bed height. Changing the
grid can have a significant effect. Cooke et al. found
that increasing the grid hole size caused a drop in con-
version and Hovmand et al. (1971) showed that increas-
ing the number of holes in the grid caused a marked
improvement. These observations imply that the contact-
ing efficiency near the grid is greater than in the rest of
the bed.

Correspondence concerning this note should be addressed to P. Kehoe
at E. I. duPont de Nemours and Company, Engineering Technology
Laboratory, The Experimental Station, Wilmington, Delaware 19898.
L. A. Behie is with Domtar Research Center, Senneville 830, Quebec,
Canada,
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In this note, we present a simple model which accounts
explicitly for the grid region and allows easy analysis of
the effect of grid modifications.

Recent experiments by Behie (1971, 1972) have char-
acterized the heat and mass transfer in the region above
a perforated plate grid in a pilot scale fluidized bed. Grid
hole diameters from 6.35 to 25.4 mm were used with jet
velocities between 15.3 and 91.5 m/s, giving data which
are typical of industrial conditions. The data could be
represented adequately by the simple transfer resistance
model described below.

THE MODEL

The gas enters the reactor as high speed jets which
penetrate a distance h before breaking up into bubbles.
That part of the bed below £ is called the grid region and
is assumed to contain no bubbles. It is assumed that the
jets are well mixed radially with plug flow in the axial
direction. The fluidized emulsion in the neighborhood of
the distributor is assumed to be perfectly mixed by the
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highly turbulent jets. Mass transfer takes place between
the jets and the emulsion and the transfer is described
here in terms of a mass fraction driving force and a
resistance.

Many models have been proposed for the bubbling
region of the bed and all of them can be used in con-
junction with the model of the grid region. We use here
the simple model of Orcutt (1960) which assumes that
the bubble gas is in plug flow and the emulsion is per-
fectly mixed. Transfer between bubbles and surrounding
emulsion is described by a resistance and a driving force.

In writing the model equations we ignore reaction in
the jets. In practice, catalyst particles are entrained in
the jets, but the solids concentration is sufficiently low
for reaction to be negligible. The equations describing the
system are

Jets
W5\ koA =0 0=x=h (1
Q'-CF'F BA(Y;— Y.) =0 0=x= (1)
BC. yj=yjp at x=0
Bubbles
d
Qs di” +kaoA(yo —ya) =0 h=x=H (2)
B.C. beyJ(h) at x=nh
Emulsion

h
Qe(yeo — ym) + kiaJ'AJ; (yJ - ym)dx

H
+ kbabAj; (Yo — Yo)dx = LVepsR{y.) (3)
B.C. Yeo = y,(h)
L0=0.+ 0, (4)

where Q. is the mass flow rate of gas through the emul-
sion and is usually taken as the flow rate required to
fluidise the bed incipiently.

Equations (1) to (3) must be solved simultaneously.
To simplify the analysis, we assume that the reaction
is first order and that there are no diffusional limitations
in the emulsion so that R = vy. Hence the fractional con-
version  is given by

_ 1= (1=8)e
n_p.+1— (1=28)e~7
In most industrial reactors the flow rate used is many

times that required for incipient fluidisation and § << 1.
In this case

Also

(5)

_w(l—e)
B P

In what follows conversions computed from Equations
(6) are called Grid Model predictions. Bubble Model pre-
dictions are obtained by taking the jet penetration to be
zero so that bubbles are formed at the grid.

In presenting examples, we have sought to use values
of the various parameters which are realistic for industrial
conditions. Behie’s (1972) experiments have shown that
the mass transfer from high velocity, noninteracting grid
jets can be described reasonably well by a plug flow
model with constant mass transfer coefficient. The experi-
ments were carried out in a 0.61 m diameter bed of 60
micron cracking catalyst. Typical experimental values for
the mass transter coefficient k;a; are given in Table 1,
and these are used here as representative of the mass
transfer from the turbulent jets in commercial equipment.
Values of the jet penetration h and the diameters d, of
bubbles breaking away from the jets have been calculated
from the empirical equations of Basov (1969) which are
in good agreement with the measurements reported by
Behie. As a first approximation, values of kyap have been
calculated from the equations of Kunii and Levenspiel
(1969). Bubble transfer areas a, were computed from
bed expansion taken from Behie (1972), which gave
€, = 0.25 when the bed superficial velocity U; was about
0.61 m/sec. The incipient fluidizing velocity Up; was
taken as 1.53 cm/s and the void fraction under incipient
conditions epy was 0.5,

Figure 1 shows the effect of the grid on conversion for
both a fast and slow reaction in a fluidized bed. The
effective rate constants ¥’ = vL.p, were taken from re-
ported data. For the fast reaction the value of v = 9.63
(kg/sec - m® emulsion) was taken from the data of Cooke
(1968) for a fluidised carbonizer. For the slow reaction
v = 9.63 X 1072 (kg/sec * m® emulsion) is within the
range reported by Hovmand et al. (1971) for the decom-
position of ozone. The curves are computed for a grid
with 12.7 mm holes and a jet velocity of 45.7 m/sec. The
predictions of the Grid Model and Bubble Model are
shown for each reaction. For the fast reaction the predic-
tions of the two models are significantly different. With
a bed 0.6 m deep the Grid Model predicts a conversion
of 849, while the Bubble Model predicts a conversion
of only 119, Cooke’s data for this reaction showed that
the conversion was very high in a 0.6 m bed and that
increasing the bed height above this increased the con-
version only slightly.

For the slow reaction the difference between the two
models is much less significant since mass transfer resist-
ance does not limit the rate severely.

(6)

TaBLE 1. Mass TRansFER COEFFICIENTS FOR GRID JETS AND Gas BuBBLES 1N A FLum Bep oF CRacKING CATALYST
(Us = 0.61 m/s, ems = 0.5, ep = 0.25, Uy = 1.53 cm/s)

Do = 6.35 mm
Upy=152 Uy = 45.7 Upy=2915
m/s m/s m/s
kg
kirag| — 179 127 7.77
mds
kg
kprap | — 0.446 0.258 0.194
mds
a; (m) 25.1 8.40 4.04
ap (m) 37.7 25.8 20.2
h (cm) 12.6 18.7 23.9
dp (cm) 3.88 5.86 7.38
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Dy = 12.7 mm Do = 19.05 mm
Uy = 15.2 Uy = 457 Uy =915 Uy =152
m/s m/s m/s m/s
126 7.05 3.54 941
0.234 0.143 0.0891 0.153
12.5 4.20 2.10 843
23.6 16.1 11.2 17.9
20.7 30.5 43.6 27.4
6.35 9.37 134 8.40
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Fig. 1. The effect of enhanced contacting efficiency near the dis-
tributor for fast and slow reactions.

The model is consistent with many experimental ob-
servations, With the values in Table 1 calculations show
that conversion is increased by decreasing grid hole size
or increasing the number of holes.

CONCLUSIONS

It is apparent that for fast reactions the grid arrange-
ment can have a signiﬁcant effect on conversion. It is
seen from Equation (6) that the critical factor in deter-
mining the conversion in the grid region is the value of
a. Table 1 shows that « tends to increase as the grid hole
size is decreased and as the number of holes is increased.
If « is greater than 3, the conversion in the grid region is
close to its maximum value and little improvement can
be effected by changing either the size or the number
of holes. On the other hand, if « is much less than 3,
improvements in conversion may be obtained by modi-
fving the grid. Because it accounts explicitly for the grid
region, the model appears to be useful for predicting the
behavior of fast reactions in large fluidized reactors. The
bubbling region of the bed above h can be described by
more sophisticated models if necessary. Experimental
measurements of kjq; for various grid designs and gas
mixtures will be necessary if the model is to be used for
design purposes.
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NOTATION

gy = transfer area bubbles to emulsion per unit volume
of reactor, m2/m?

a; = transfer area jets to emulsion per unit volume of

reactor, m2/m3
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A = cross-sectional area of reactor, m?

d, = bubble diameter, cm

Dy = grid hole size, mm

h = depth of jet penetration, cm

H = bed height, m

kp = mass transfer coefficient, bubbles to emulsion,
kg/m? - s

k; = mass transfer coefficient, jet to emulsion, kg/
m?-s

L. catalvst loading in emulsion, m3/m?® emulsion

mass flow through reactor, kg/s
mass flow through reactor as bubbles, kg/s

e
o

Q. mass flow through emulsion, kg/s
R rate of reaction per unit weight of catalyst, kg/
s - kg
Uy = minimum fluidizing velocity, ecm/s
Up = jet velocity, m/s
Us = superficial velocity through reactor, m/s
V. = volume of emulsion, m3
X = distance, m
y» = mass fraction of reactant in bubbles
Yeo = mass fraction of reactant in gas entering emul-
sion
y; = mass fraction of reactant in jet gas
yio = mass fraction of reactant in feed
Y. = mass fraction of reactant in emulsion gas
Greek Letters
. kja,-Ah
o = dimensionless group ————
kbabAh
B = dimensionless group
H
v = dimensionless group o -+ ,8( 7 1)
. Qe
8§ = fraction of flow through emulsion —
¢y = fraction of reactor volume above h occupied by
bubbles, m3/m3
emy = void fraction of emulsion at incipient fluidization,
m?/m? emulsion
) = fractional conversion
. . VLePsVe
u = dimensionless rate constant ————-
= rate constant kg/s - kg catalyst
v = effective rate constant »L.p;s kg/s + m® emulsion
ps = density of a catalyst particle, kg/m?
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